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Abstract

Detailed calculations are carried out for condensation of a binary zeotropic mixture outside a tube bank to inves-
tigate combined effects of mass transfer resistances in the liquid and vapour phases. The question is how a change in
mass transfer resistance in the vapour phase can influence the heat flux. The surprising result is that a decrease in resist-
ance in the vapour phase by reducing the tube pitch, and thus increasing the vapour velocity, reduces the heat flux
between 20% and 50% for the conditions studied. This is due to a combination of mass transfer resistance, depletion
of the heavy volatile component, and a reduction of the phase interface temperature.

© 2004 Elsevier Ltd. All rights reserved.
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1. Introduction
1.1. Background

Condensation of mixtures is important in various
fields of engineering, one of which is in condensers for
heat pumps. If the mixtures are zeotropic, also called
non-azeotropic, effects of gliding temperature difference
(GTD) and mass transfer resistances can become appar-
ent. GTD means a decrease in dew point temperature
under the course of condensation; this is due to a com-
position shift caused by the preferential condensation
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of the less volatile component. A higher condensation
rate of the less volatile component leaves the vapour en-
riched by the more volatile component, thus causing a
lower dew point temperature for the remaining vapour.
The other effect that can arise when condensing a zeo-
tropic mixture, mass transfer resistance, can occur in
both phases. The preferential condensation of the less
volatile component causes a depletion of the less volatile
component close to the interface. This means that the
less volatile component must be transported through a
film enriched by the more volatile component. The
necessity of being transported through the film is called
mass transfer resistance. Furthermore, if the mixing in
the liquid film is insufficient, the less volatile component
can accumulate at the liquid interface, thus creating a
mass transfer barrier. A change in liquid composition
at the interface will have two consequences: It will
change the concentration gradient in the gas film closest
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Nomenclature

A, tube outside area

Cp heat capacity

Ct total molar concentration

D liquid diffusivity

D Maxwell-Stefan diffusivity

d, tube outside diameter

g gravitational acceleration

he heat transfer coefficient to coolant
heg specific enthalpy of vapourization

molar volume

molar fraction in liquid
molar fraction in vapour
distance

hg heat transfer coefficient from vapour
J diffusive flux

M mass

N condensing flux
P pressure

Pr Prandtl number
q heat flux

0 heat flux

R fouling resistance
Sc Schmidt number
T temperature

u velocity

vV

X

y

z

Greek symbols
p mass transfer coefficient
0 film thickness

rate factor

liquid flow
dimensionless distance
thermal conductivity
dynamic viscosity
angle around tube
density

T OE NS ~o

Superscripts
0 at infinite dilution
. corrected for mass transfer

Subscripts

bulk

coolant

vapour

interface

inside

component number
component number
liquid, condensate
molar

outside

tangential direction
radial direction
total

tot total

W wall

~=m oog =~~~ —m©o o

to the interface, thus affecting the mass transport from
the vapour bulk to the interface, but more importantly
it will also influence the interface temperature. The inter-
face temperature regulates the rate of heat transfer away
from the interface. The higher the temperature, the
higher the heat flux.

1.2. Previous work

According to the review article by Cavallini et al. [1],
not a lot of work has been carried out on condensation
of zeotropic mixtures in tube bundles. Handbooks such
as Heat Exchanger Design Handbook [2] and VDI
Wirmeatlas [3] treats the subject and give advice on cal-
culation methods. Books by Bird et al. [4], Collier and
Thome [5] and Stephan [6] also go into the subject.
Experimental work on condensation outside bundles
has also been presented. Honda et al. [7,8] tested differ-
ent tube geometries in a tube bundle, and found a con-
siderably lower heat transfer coefficient for all
geometries for a mixture than for pure R123 and
R134a. They concluded that the difference was greater

for lower mass velocities and lower temperature differ-
ences, and that the reason is the diffusive transport
resistance in the vapour film closest to the gas-liquid
interface. Belghazi et al. [9,10] recorded a decrease of
30-50% in heat transfer coefficient for the mixture
R23/R134a with the same explanation. Jung et al.
[11,12] measured heat transfer coefficients for the mix-
ture R407C on one smooth, horizontal tube, and found
up to 50% lower heat transfer coefficients than for R22.
Gabrielii and Vamling [13] studied R22 and three mix-
tures in a full-scale condenser, and found an up to
70% decrease in heat transfer for the mixtures.

In the experimental work referred to above, the
authors state that diffusive transport resistance in the
vapour phase is the reason for the decrease in heat trans-
fer, more as a statement than as a result. Sajjan et al. [14]
and Karlsson and Vamling [15] studied the condensate
flow theoretically and concluded that besides the diffu-
sive resistance in the vapour film closest to the interface,
mass transfer resistance in the condensate is also an
important factor for the decrease in heat transfer coeffi-
cients for mixtures.
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From this it is apparent that mass transfer resistance
is an important factor for mixture condensation, and
that it is a topic that needs to be better understood.

1.3. Aim with this work

In this paper the combined effects of mass transfer
resistances in the vapour and liquid phases are investi-
gated. Since no experimental equipment exists where this
can be measured, this theoretical study is carried out to
try to enlighten the readers on the phenomenon. In
order to give the phenomenon a measure, it is investi-
gated to what degree it is possible to improve the rate
of heat and mass transfer by simple means such as
changing the tube pitch, i.e. the horizontal distance be-
tween the tubes. A decrease in tube pitch leads to higher
vapour velocity, and therefore also to lower mass trans-
fer resistance in the gas phase. This should in its turn
mean a higher rate of condensation and therefore a high-
er rate of heat transfer.

In order to make the investigations, detailed calcula-
tions are carried out for condensation of a binary mix-
ture outside a vertical tube column of ten horizontal
tubes. A zeotropic mixture of the two refrigerants
R134a and R32 is used. The horizontal tube pitch is var-
ied, i.e. the smallest cross section area available for flow,
which influences the vapour velocity, and thus also the
mass transfer resistance. For different conditions and
different tub pitches the tube length is then adjusted to
obtain total condensation. The change in required tube
length, which is the same as required heat transfer area,
can then be used as a measure of the influence of mass
transfer resistance.

2. Theory

In order to determine the rate of condensation for a
mixture outside horizontal tubes, both heat and mass
transfer relations have to be solved. The calculations
carried out for this paper use a high level of detail, solv-

Vapor inlet cond.  vapor
film flow
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discretization

[ Y2 tube pitch
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ing mass transfer rigorously in both phases. Each tube is
divided into smaller calculation cells, shown in Fig. 1(b),
in which all equations for heat and mass transfer de-
scribed below are solved. The starting point for the cal-
culations is an overall heat balance for a calculation cell:

dQ =dq, +dq + Nt - g - My (1)

where dQ is total heat transferred from the vapour bulk
to the coolant flowing in the tube, dg; is sensible heat
from cooling the condensate formed on tubes above,
dg, is sensible heat from cooling the vapour, and /g, is
the latent heat of the condensing vapour flux N, Even
under saturated conditions and without pressure drop,
the terms dg; and dg, will be present due to the gliding
temperature difference of a zeotropic mixture. In order
to get the composition of Ny, mass transfer relations
have to be solved.

2.1. Mass transfer theory in the liquid phase

The basic assumption for mass transfer in the liquid
phase is that diffusion is the only transport mechanism,
which also implies that the condensate flow is laminar,
as was discussed by Karlsson and Vamling [15]. We
begin with calculations of the thickness as well as the
tangential velocity profile in the condensate film from
a given total liquid flow I', the original Nusselt equa-
tions, taken from Bird et al. [4]:
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— ). o-sin(6 P
uo:(/’l Pe) - & sm(),(y'(sl_)i) 0<y< s
H 2
(3)

where 0; is the condensate film thickness and 0 is the
angle around the tube, calculated from the top. A mass
balance between the present calculation cell and the cell
above will give a velocity component normal to the tube,
towards the tube wall, u,. This component is small

condensate film vapor flow
\A \A
Ur
u
<« N
T T,

()

Fig. 1. Configuration for the tube bundle and for the calculation cells.
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compared to the tangential velocity, but it is included
when calculating mass transfer into the condensate.

When the velocity components are known, the diffu-
sive transport of each component is calculated from
Fick’s first law of diffusive transport. For a binary
mixture it can be expressed, according to Taylor and
Krishna [16]:

dx;
Jir = _chija, J;=—J; 4)

Jir 18 the diffusive flux of component i in the radial
direction, relative to the average velocity, here given
by u,, ¢, is total concentration, dx;/dr is the concentra-
tion gradient of component i in the radial direction,
and Dj; is the binary liquid diffusivity, here weighed to-
gether according to Vignes, as reported by Taylor and
Krishna [16]:

D, = (0} 0} g

x; and x; are molar fractions and D?j are liquid diffu-
sion coefficients at infinite dilution, here calculated
according to Siddiqi and Lucas [17]:

D?/ —9.89 x 10—8ﬂ;0.907 Vi—().45 V(/_).265T (6)

where u is viscosity [mPas], 7 is molar volume
[em®mol~']and Tis temperature [K]. From the equations
above and the boundary conditions of zero diffusive flux
through the wall and across the phase interface, the com-
position profile in the liquid film is solved, from which the
surface composition will be known. This is needed for the
mass transfer calculations in the vapour phase.

2.2. Mass transfer theory in the vapour phase

Assuming thermodynamic equilibrium between the
phases at the interface, and with a known liquid inter-
face composition, the interface composition in the va-
pour phase can be calculated from a relation of the
form:

1 Th) =/ (x, p) (7)

To solve the rate of mass transfer for each compo-
nent, the Maxwell-Stefan equations are solved [16]:

Ay _ (nN2 — 3N 8
dz e

% _ (N1 = »iN2)

dz CtBZI (9)

where N; are component molar fluxes, y are vapour
phase concentrations, ¢, total concentration, and D,
are binary Maxwell-Stefan diffusivities, estimated from
Fuller et al. [18]. If a dimensionless distance coordinate
is introduced, # = z/0, where J, is the gas film thickness
through which diffusion acts, then Egs. (8) and (9) can
be rewritten:

% _ 01N> =Ny

= 10
dn ﬂg.l2 (10)
dy,  (1nbN1 —yiN2)
2 V2l T2 11
dn ﬁg,zl ( )

where f3,;; are binary mass transfer coefficients, defined
as:

Beij = C‘% (12)
3

For binary diffusion ;; = D, and thus f, ; and f,
are of equal value. With the assumption that the transi-
tion between the vapour bulk molar fraction y, and the
interface molar fraction y; takes place in the stagnant
gas film of thickness J, and that the Chilton-Colburn
analogy between heat and mass transfer [19] is valid, i.e.

h
jH = _g})FZ/} = jD = ﬁg,ijSCZ/3 (13)
Cpy
then the binary mass transfer coefficients, f,;, can be
calculated after inserting the expressions for Pr and Sc
numbers:

h. [cdjic 2/3
ﬂg,zj =t (ﬁ) (14)

Cp, Ag

where A, is the vapour phase heat transfer coefficient, de-

scribed in the section below. This value of f, ; is only

valid for low net mass transfer rates, however, which is

not the case with condensation. Therefore a correction

is applied before the mass transfer coefficient is used in

Egs. (10) and (11). The correction has the form [4,16]:
¢

ﬁ;ij = ﬁg.g/ 6‘7’——1 (15)

where the dot on ff means that it is corrected for mass
transfer. The rate factor ¢ is defined as:
Ny + N,

ﬁg,ij

For the condensing system f; ; is used instead of fig ;;
when solving the mass transfer equations.

¢ = (16)

2.3. Heat transfer theory

The composition of the condensing flux is determined
from the mass transfer relations above, but in order to
get the correct value for total condensing flux, the heat
transfer relations must be solved. The starting point is
Eq. (1), relating the total heat, dQ, that is conducted
from the liquid—vapour interface through to the coolant
inside the tube, to heat released by cooling the vapour,
g, cooling the liquid, ¢;, and latent heat from the con-
densing flux N Cooling of the liquid, ¢, is a conse-
quence of the temperature glide for the mixture, and
the temperature drop in the liquid can be calculated
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from the change in saturation temperature in the con-
densate. Cooling of the vapour can arise if the vapour
is superheated at the inlet, but it will also be a conse-
quence of the temperature glide, reducing the dew point
temperature through the course of condensation. g, can
be calculated from:

4y = hy(To = T1) (17)

where indices b and I stand for vapour bulk and inter-
face respectively. The heat transfer coefficient in the va-
pour, &g, is calculated according to Schmidt [20], and the
dot means that the coefficient is corrected for mass
transfer effects, here done according to Ackermann
[21] and Colburn and Drew [22]. The effect of mass
transfer on heat transfer may be underestimated with
this method, but it is a commonly used method, and
the magnitude of the correction will not have a great
influence on the results, especially not on the trends.
Furthermore, the calculations presented here are carried
out locally on the tube, but tube average values are used
for hy in lack of more detailed heat transfer theory lo-
cally around individual tubes in tube banks.

The released thermal energy, dQ, in Eq. (1) must be
transported from the vapour-liquid interface into the
coolant flowing inside the tube, making a second rela-
tion necessary. It can be written:

dQ:hL(TI—TC)dAO (18)

where indices I and c¢ stand for interface and coolant
respectively. /i is the heat transfer coefficient from the
condensate surface to the coolant, expressed by:

1 1 R, Sw R 1

hdd,  mdd, dd, T udd, T dd, T ndd,

(19)

where A is the coefficient for the condensate film, R is
fouling, J, is tube wall thickness and /. is the heat trans-
fer coefficient inside the tube on the coolant side, here
calculated from the Dittus—Boelter equation.

For local calculations in a laminar film, which is the
case here, /; can be calculated from pure conduction
through the film:

_ )u[

=2
| 5

(20)

For the heat balance to be fulfilled, dQ calculated
in Eq. (1) must equal that calculated in Eq. (18).

3. Calculation procedure

In order to solve the problem of binary mixture con-
densation on the outside of a tube column with horizon-
tal tubes, an algorithm that solves for both heat and
mass transfer simultaneously must be used. First, the
tubes are divided into two along the vertical centre axis
due to symmetry; see Fig. 1(a). The remaining half of
each tube is then divided into 40 smaller calculation cells
along the perimeter, as seen in Fig. 1(b). In each calcu-
lation cell the condensate film is further divided into
smaller cells in the direction normal to the tube wall
when calculating velocities and compositions in the lig-
uid film, see discretization in Fig. 1(b). The solver works
sequentially from the first calculation cell on the top
tube, following the flow down to the last calculation cell
on the bottom tube.

3.1. Algorithm

The algorithm is designed to solve heat and mass
transfer simultaneously, and it is schematically shown
in Fig. 2. The starting point is an assumption of con-
densing flux in a calculation cell, both in total flux and
in composition. The next step is to calculate the film
properties, the tangential velocities from Eq. (3) and
the normal velocities from a mass balance. Then, since
the condensing flux and composition is assumed, the dif-
ferential Eq. (4) can be solved, and together with the
velocities and the solution in the cell above, the compo-
sition profile in the condensate can be solved. From the
solution the interface composition in the liquid is
known, so Eq. (7) can be used to find the vapour inter-
face composition. Then the heat transfer coefficient in
the vapour phase is calculated, and from the heat and
mass transfer analogy, Eq. (13), the mass transfer coef-
ficient can be solved, which is then corrected for mass
transfer effects, Eqs. (14) and (15). From known vapour
phase concentrations, both in the bulk and at the inter-
face, the condensing flux of each component can be

v [P

[

3. Calculate composition
condensing flux and profile in the condensate,
composition Eq. (4-6)

1. For a cell, assume

5. Calculate condensing
composition, Eq. (10-14)

% NG

%

4. Calculate composition
in the gas phase at inter-
face, Eq. (7)

2. Calculate cond. film
thickness and velocity,
Eq. (2-3)

6. Calculate heat transfer
from Eq. (1) and (16)

Do results in 5
and 6 agree with
assumption
in1?

Go to next cell

[

L

Fig. 2. Algorithm used for solving heat and mass transfer in a calculation cell.
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calculated from Egs. (10) and (11) together with the ini-
tial assumption of total flux. At the same time the heat
balance is solved. First Eq. (1) expresses heat transferred
from the vapour bulk to the interface, and then Eq. (18)
expresses heat transferred from the interface through the
condensate and tube wall into the cooling medium inside
the tube. When the heat transfer, dQ, calculated in Egs.
(1) and (18) match, and when the flux of each compo-
nent, calculated from Egs. (10) and (11), agree with
the assumptions, the correct solution of simultaneous
heat and mass transfer is found for the present calcula-
tion cell, and calculations can move on to the next calcu-
lation cell.

3.2. Assumptions and simplifications

In order to carry out the calculations in an efficient
way, a number of assumptions and simplifications are
made. The geometry used in all calculations is a single
column of ten horizontal, smooth tubes with an outside
diameter, d;, of 20mm, where the smallest horizontal
cross section area is varied. Condensation takes place
on the outside of the tubes, with water flowing inside
the tubes at a constant temperature of 293K, and the
condensate flow on the tubes is assumed to be laminar.
No inter-phase heat or mass transfer is assumed to take
place in the condensate flow between the tubes, nor is
there any mixing within the condensate between the
tubes. Liquid diffusion is considered in the direction nor-
mal to the tube, while it is neglected in the direction of
the flow due to a relatively high liquid velocity. All
thermophysical properties are calculated locally in each
calculation cell from Refprop 7.0 [23].

A binary mixture of the refrigerants R134a and R32
with a composition of 50/50 by mole is used (corre-
sponding to 66/34 by mass). The mixture has a temper-
ature glide of around 5.5K and both refrigerants are
common in heat pump applications. Saturated vapour
enters the top tube, and the pressure is adjusted to
obtain total condensation and to make saturated liquid
leave the bottom tube for two different average
heat fluxes: 2000Wm 2s™! and 6000Wm s
The higher heat flux is possibly higher than normal oper-
ation for a smooth tube, while the lower is a typical part
load.

We start with one meter long tubes and a horizontal
tube pitch of 1.25 times the tube diameter, d;. The tube
pitch is the horizontal distance between two tube centres
positioned next to each other, imagining the column of
tubes being mirrored. The tube pitch is varied from
1.1d; up to 1.4d; while the tube length is adjusted to
maintain the total duty, resulting in a change in average
heat flux. The change in tube pitch results in a change in
vapour velocity, which in its turn influences the mass
transfer resistance in the vapour phase. A smaller tube
pitch will result in lower mass transfer resistance.

4. Results
4.1. Results without mass transfer resistance in the liquid

First, calculations without mass transfer resistance in
the liquid phase are carried out as a reference. This is a
common assumption when modelling condensation out-
side horizontal tubes. The lack of mass transfer resist-
ance in the liquid results in a perfectly mixed
condensate film, and it is simulated by giving the liquid
diffusivity, Dy, in Eq. (4) a high value. Results in terms
of tube lengths required to maintain the average heat
flux when the tube pitch is varied are given for the two
heat fluxes in Fig. 3. The tube pitch factor on the x-axis
multiplied by the tube diameter gives the total tube
pitch. The influence of tube pitch on heat transfer area
is only a little more than £6% in the tube pitch interval
for the lower heat flux, and less than £2% for the high
heat flux. A smaller tube pitch, i.e. a lower mass transfer
resistance, results in shorter tubes, meaning better heat
and mass transfer.

4.2. Results with mass transfer resistance in the liquid

Earlier results [13—15] have shown that the mixing of
the liquid film probably is not perfect, but rather that it
can be limited by diffusion. Therefore, calculations con-
sidering mass transfer resistance in the liquid phase are
carried out. This is accomplished by using Egs. (5) and
(6) to estimate the binary liquid diffusivity used in Eq.
(4). In Fig. 4, results in terms of tube lengths required
to maintain total duty are presented. The results show
the reverse of the trend shown in Fig. 3, implying better
heat and mass transfer rates for a lower vapour velocity,
i.e. when the tube pitch is larger. When increasing the
tube pitch from 1.25d; to 1.4d, the area required is re-
duced more than 20% at the lower heat flux and around
8% at the higher heat flux. When decreasing the tube
pitch from 1.25d; to 1.1d,, the area required is increased
by more than 50% at the lower heat flux and around

1.06} +
E o4} s x
§0 1.02} s MEE
S 1.00} X *
= x ¥
2 098} « X X+
= RS + |
£ 0.96 . + Low duty
094 4+ x  High duty |]
.1 115 12 125 13 135 14
Tube pitch factor

Fig. 3. Tube length required to maintain total duty as for tube
pitch 1.25d,, when assuming no mass transfer resistance in the
liquid. Tube pitch factor multiplied by the tube diameter gives
the total tube pitch.
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811y *x b,

2 1.0 X%y
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= 0.9 e

0.8} + o,

0.7k

.1 115 12 125 13 135 14
Tube pitch factor

Fig. 4. Tube length required to maintain total duty as for tube
pitch 1.25d;, when including mass transfer resistance in the
liquid. Tube pitch factor multiplied by the tube diameter gives
the total tube pitch.

20% at the higher heat flux, despite the lower mass trans-
fer resistance. The question that arises is why the trend
in Fig. 4 is the opposite of the trend presented in Fig.
3. This will be discussed in the following chapter.

5. Discussion

What is the reason for the unexpected behaviour that
two mass transfer resistances in series result in better
heat and mass transfer rates when the vapour phase
resistance is higher? In the following discussion we try
to give an explanation.

5.1. No mass transfer resistance in the liquid phase

The results without mass transfer resistance in the
liquid phase are straightforward. A smaller tube pitch
results in higher vapour velocity, and therefore higher
heat and mass transfer coefficients, i.e. a lower mass
transfer resistance, thus reducing the tube length re-
quired. It would, however, result in higher pressure drop
if applied to a tube bundle in a condenser. The magni-
tude of the influence is relatively small.

5.2. Including mass transfer resistance in the liquid phase

In order to find an explanation for the somewhat sur-
prising dependence on tube pitch when considering mass
transfer resistance in the liquid phase, let us first check
the behaviour of the mass transfer coefficient, [f;‘ij, in
Egs. (10) and (11). From this point we concentrate on
the case with the higher heat transfer level only. Values
of fi;,; for this case are shown in Fig. 5 for three tube
pitches: 1.1, 1.25 and 1.4 times the tube diameter d,.
The values plotted are averages for all calculation cells
on each tube. The values of f;, follow the values of
hg, according to Eq. (14), which are dependent on the va-

pour velocities. This can be seen in Fig. 5. The larger

: + Tube pitch 1.1d
= x  Tube pitch 1.25d .
o’ 21 o Tubepitch1.4d |
E — Trend lines

)

Eqt
a

0

1 2 3 4 5 6 7 8 9 10
Tube number

Fig. 5. Average tube values of mass transfer coefficient, 8, ;, for
three different tube pitches, 1.1d, to 1.4d,.

tube pitch results in lower mass transfer coefficients, cor-
responding to higher mass transfer resistance. The re-
sults in Fig. 5 do not explain the unexpected behaviour
seen in Fig. 4.

Let us therefore proceed and check the behaviour of
the composition of the condensing flux. In Fig. 6 the
ratio of molar condensing flux R134a/R32 is plotted
for two different tube pitches, 1.1d; and 1.4d,, also here
shown as tube averages. Of these two components
R134a is the less volatile component, which can be seen
in the figure by looking at the ratio for the first tube.
With a small tube pitch, i.e. when the mass transfer
resistance in the vapour is low, the ratio is over 1.5. This
means a 50% higher condensation rate of R134a than of
R32. The larger tube pitch, however, results in higher
mass transfer resistance, and therefore the high rate of
condensation for R134a cannot be maintained. The flux
of R134a is hindered by the mass transfer resistance,
resulting in a lower condensing flux ratio of approxi-
mately 1.25. The situation changes on the third tube,
however. From the third tube and thereafter, the larger
tube pitch results in a higher flux ratio. The reason for
this is that more R134a remains in the bulk due to the
higher resistance to mass transfer.

L5} + Tubepitch 1.1d | ]
o Tube pitch 1.4d |

— Trend lines

Ratio R134a/R32
=)
()]

1 2 3 4 5 6 7 8 9 10
Tube number
Fig. 6. Ratio of molar condensing flux R134a/R32 for two

different tube pitches, 1.1d; and 1.4d,, presented as averages
over each tube.
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Differences in flux ratios are connected to differences
in compositions. In Fig. 7 bulk and interface composi-
tions are plotted for the two tube pitches 1.1d; and
1.4d,, again as tube averages. The higher condensation
rate of R134a on the first tube for the smaller tube pitch
results in higher concentration at the interface and lower
concentration in the vapour bulk compared to the larger
pitch, as illustrated by the dotted lines. During the
course of condensation, the concentration of R134a is
reduced both at the interface and in the bulk for both
pitches, but due to the high condensation rate of
R134a on the first tubes, the reduction will be more evi-
dent for the smaller tube pitch. Important in this matter
is also the comparison of interface concentrations be-
tween the tube pitches. For a majority of the tubes,
the smaller tube pitch results in a lower concentration
of R134a at the interface. This means more of the more
volatile component R32 at the interface, which will re-
sult in a lower interface temperature.

The interface temperatures for the two tube pitches
can be seen in Fig. 8. From the third tube on, the smaller
tube pitch results in a lower interface temperature than
the larger tube pitch. The interface temperature is, for
the conditions studied here, the most important factor
for the heat transfer rate, since the heat is conducted

©
n

E
3
e
r 0.4 1
=
£ 3] x Buk1l ]
2 + Interface 1.1 T s
& v Bulk 1.4 T
.L; 0.2| 2 Interface 1.4 x.)|<.“ 1
= —— Trend 1.1 %*
—— Trend 1.4 ok

e
=

1 2 3 4 5 6 7 8 9 10
Tube number

Fig. 7. Vapour mole fractions of R134a in the bulk and at the
interface, presented at two different tube pitches, 1.1d, and
1.4d,. The values presented are tube averages.
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Fig. 9. Average heat flux presented tube-wise for two tube
pitches, 1.1d, and 1.44,.

from the interface with the interface temperature being
the driving force. This becomes apparent when looking
at the resulting average heat flux for each tube for the
two tube pitches, shown in Fig. 9. The smaller tube pitch
results in higher average heat flux on the first two tubes,
but from the third tube on the larger tube pitch results in
higher heat flux.

5.3. Summary of findings

The reasons for the unexpected behaviour seen in
Fig. 4 for the combined effects of mass transfer resi-
stances in both phases can now be accounted for. A lar-
ger tube pitch, and thus a higher mass transfer
resistance, reduces the rate of heat and mass transfer
on the first tubes. More importantly, it results in a lower
relative condensation rate of the less volatile component,
R134a in this case. A couple of tubes further down, there
will still be a higher mass transfer resistance, but the fact
that there is more remaining of the less volatile compo-
nent in the vapour phase results in a higher fraction of
the less volatile component in the newly formed conden-
sate. This, and the fact that the condensate formed is not
immediately transported into the condensate film due to
the mass transfer resistance in the condensate, results in
turn in higher interface temperature, and therefore also
a larger temperature driving force. The larger driving
force for heat transfer is a factor more significant than
the higher mass transfer resistance in the vapour phase.

The results for the low level of heat flux are analo-
gous to the results presented here for the high level of
heat flux. They were only left out due to clarity and to
lack of space. The magnitudes of the effects are however
not quite as significant.

5.4. Further discussion

The three decisive assumptions, necessary in order to
obtain the results presented here, are total condensation,
velocity dependence on the mass transfer resistance in
the vapour, and that the condensate flows in a laminar
film over the tubes. The first two assumptions are
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straightforward, but the third can be questioned. A
laminar film requires a smooth flow without distur-
bances with low enough Reynolds numbers not to be
turbulent. At the high heat flux used in the calculations,
the Reynolds number reaches 50. Fulford [24] reports in
a review article a possible onset of waves at Reynolds
numbers around 10, but also reports little influence on
heat and mass transfer until Reynolds numbers reach
200-300. The reason is that a possible increased mixing
only occurs at the surface, leaving a laminar sub-layer
uninfluenced, implying that the assumption of diffusion
as only mixing mechanism in the condensate is reasona-
ble. How much a possible column or drop flow between
two tubes influences the mixing is not investigated here,
but several authors have investigated mass transfer in
the flow between the tubes, for example Hu and Jacobi
[25,26] and Yung et al. [27].

No experimental study has been carried out on the
phenomenon presented in this paper yet. This theoretical
study is aimed at enlightening the readers on the exist-
ence of the phenomenon, and to give an explanation
of how it arises.

6. Conclusions

Detailed calculations have been carried out to inves-
tigate the combined effects of mass transfer resistances in
the liquid phase and the vapour phase when condensing
a binary zeotropic mixture on the outside of a horizontal
tube bank. From the results and the discussion above
the following conclusions can be drawn:

e A reduction of the mass transfer resistance in the
vapour phase, e.g. by reducing the horizontal tube
pitch, increases the area required for total condensa-
tion, quite contrary to the case where the condensate
is perfectly mixed.

e The depletion of the less volatile component in the
vapour bulk when there is a low mass transfer resist-
ance in the vapour phase, increases the fraction of the
light component condensing on the tubes further
down. The insufficient mixing in the liquid causes
the interface temperature to drop which reduces the
heat transfer rate.
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